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Fluidization is defined as an operation through which fine solids are transformed into a 
fluid like state through contact with either a gas or a liquid. Circulating fluidized beds 
are used mostly in the chemical process industry, mineral processing, pharmaceutical 
production, energy related processes and catalysts process in the petroleum industry and 
also for drying. Although it has been investigated by many researchers, a good 
understanding in the effects of different design parameters on it is yet to be established. 
In fluidized bed processes, the effectiveness of fluidization process is necessary as it 
determines how much energy or power required by means of improvement in residence 
time distribution and bed pressure drop. The aim of the project is to combine multi-
staging with counter-flow operation in the novel Swirling Fluidized Bed. In this study, 
the experiments were conducted utilizing one bed particle shape and size (spherical 
plastic beads with a diameter, dp = 2.99mm), with four different bed weights (500 g, 
1000 g, 1500 g and 2000 g) as well as with various distributor blade overlap angles (9°, 
12° and 15°) at constant blade inclination of 10°. The experimental set up has two stages 
and it has been tested and to work properly. A particular set of variables that include bed 
weight and blade overlap angle were set to analyze the results of two-staged swirling 
fluidized bed. During hydrodynamics study, it was found that the bed pressure drop ΔPb 
for both stages increases with superficial velocity and bed weight. Moreover, a 
distributor with 15° blade overlap angle showed the lowest pressure drop when 
compared to 12° and 9°. The experimental results of solid residence time distribution 
have shown that as the bed weight increases, the area under the tail of curve increases 
and it shifts the peak of the distribution towards the higher value of  (moving the curve 
to the right) with the value of dimensionless age distribution E( ) reduce. Concurrently, 
the blade overlap angle affects the value of E( ) with no significant change on the value 
of . Thus, the experiment set up is shown to be highly versatile and capable of 
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Fluidization is a process in which solid particles are converted into fluid-like form by 
means of injected gas or liquid. It is one of the eminent techniques used in industry to 
have an interchange of solids and fluids for wide possibility applications. There have been 
many outpourings to publicize fluidized beds since the late 1970s and it has conveyed the 
environmental advantages to petro-chemical industry. 
 
1.1 Background of Study 
 
Fluidization is a process where solid particles behave like fluid, mixing with other 
particles and flows like liquid or gas [1]. Faizal et al. [2] stated that swirling fluidized bed 
(SFB) is a recent development in the field of fluidization. In swirling fluidization, 
momentum is transferred radially and tangentially to the bed particles, increasing the 
fluidization quality and reducing the particle elutriation [2]. It can best be described by 
means of a simple experiment where, particles such as sand are poured into a tube 
provided with a porous plate distributor. Gas or liquid is then forced upward through the 
particle bed. This flow causes a pressure drop across the bed, and when it becomes 
sufficient enough to support the weight of the particles it is said to be at minimum 
fluidization. [3, 4] 
 
Particles under the “fluidized” state experience a gravitational pull which is counter- 
acted by the fluid drag on them. Thus the particles remain in a semi-suspended condition. 
A fluidized bed displays characteristics similar to those of a liquid, as shown in Figure 






Figure 1.1 (a)-(c) A Fluidized Bed Demonstrate All Characteristic of A Fluid 
[Reproduced from 5] 
(a) (b) (c) 
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The characteristics of fluid are described as follow: 
• The static pressure (P) at any height is approximately equal to the weight of bed 
solids (F) per unit cross section (A) above that level, P = F/A, like Figure 1.1(a). 
• The solids from the bed may be drained like a liquid through an orifice at the 
bottom or on the side like Figure 1.1(b).  
• The bed surface maintains a horizontal level, irrespective of how the bed  is titled; 
also the bed assumes the shape of the vessel like Figure 1.1(c). 
• An object denser than the majority of the bed will sink, while the one lighter than 
the bed will float (e.g. a steel ball sinks in the bed, while a light shuttlecock floats 
on the surface) like Figure 1.1(a). 
• Particles are well mixed, and the bed maintains a nearly uniform temperature 
throughout its body when heated.  
 
An increase in the gas velocity through a bed of granular solids brings about changes in 
the mode of gas-solid contact in many ways. With changes in gas velocity the bed moves 
from one state to another. 
 
These regimes arranged in order of increasing velocities are [3, 4]:  
• Packed bed (fixed) 
• Bubbling bed 
• Turbulent bed 
• Fast bed 
• Transport bed (pneumatic or entrained bed) 
 
It may also achieve slugging or dense phase suspension flow under certain conditions. 
There have been many different types of fluidization with more being advanced and 
innovated as time goes towards modern age. There is a standard homogeneous 
fluidization which is used commonly throughout the petro-chemical industries. Gas 
fluidized beds are widely used in combustors for steam. [3, 4] 
 
The uses of fluidized beds are generally for: 
• Mostly, the interaction of solids and fluids 
• Drying 
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• Chemical processing 
• Torrefaction 
• Energy efficient method using air as medium and power from a blower 
• Used to produce gasoline and other fuels, along with many other chemicals 
 
Circulating fluidized beds are used mostly in the chemical process industry, mineral 
processing, pharmaceutical production, energy related processes and catalysts also for 
drying. 
  
1.2 Problem Statement 
 
In industrial processes involving gas-solid contact, it is important to ensure correct 
residence times distribution (RTD) and pressure drop for optimal performance and 
maximum yield in the process. To design such a system, the principles of multi-staging 
are useful. In addition, counter-flow operation is required for effective use of the driving 
potential. 
 
1.3 Objectives and Scope of Study 
 
The project objectives are: 
1. To apply the concept of serial processing to the SFB via multistage. 
2. To combine multi-staging with counter-flow operation in the novel SFB. 
3. To improve the fluidization process by enhancing quality of processing with a 
gain in residence time. 
4. To compare the experimental results of pressure drop and RTD of solids for multi-
stage SFB with single-stage SFB experimental results. 
 
The scope of the study includes: 
1. Design and construct two-stage of a counter-flow, multi-staging SFB.  
2. Base the design on the study of SFB and model a  system that is energy, time and 
cost efficient.  
3. Study and characterize the behavior of SFB in multistage mode of operation.  






2.1 Fluidization Concept 
 
 2.1.1 Ergun Equation 
 
The fundamental energy balance of the particles at the point of fluidization can be 
represented by: FDrag = WBed where FDrag is the drag force exerted by the fluid on the 
particles and WBed is the gravitational force exerted on the particle bed. 
However, the mathematical relationship of how the particles act in the fluidized state is 
far vaster than the above equation. Pressure drop is the determining value in order to 
achieve reasonable fluidization. As mentioned before, the pressure drop is the product of 
the force exerted with the area occupied by the bed. This initially would mean that the 
pressure is dependent on the velocity of the fluid, as velocity increases (above minimum 
fluidization velocity) on the contrary the effect on the pressure would be significantly low 
as it is now affected by the weight of the particle bed. [2] 
Sasi et al. [6] stated that the onset of fluidization occurs when: (pressure drop across bed) 
* (cross-sectional area of bed) = (Volume of bed) * (fraction of solids) * (Specific weight 
of solids). 
They agree that the equation above lacks many parameters for accurate results and 
interpretation and there are several factors that need to be considered, which are rate of 
fluid flow, viscosity and density of fluid, closeness and orientation of packing, and the 
last one is factors on their size, shape and surface of particles. These factors are related to 
Ergun’s equation in which the equation has a co-relationship with the aforementioned all 
parameters over the distance of a packed column. [6] 
Previously, the observation made by researchers stated that the pressure drop was 
proportional to velocity (U) at low gas flow rates and proportional to the square of the 
velocity (U2) at high gas flow rates. Subsequently, it was formulated into the resistance by 
friction on the motion of fluid by Osbourne Reynolds to recapitulate these two conditions. 
Following this, Carman and Kozeny found that for viscous flow, the change in pressure 
was proportional to (1- ε)2 / ε3 . It was also experimentally determined, by way of 640 
 experiments, that a constant of 150 was also a factor in the equation. These findings 
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resulted in the Carman-Kozeny equation for change in pressure under viscous flow. At 
the same time, Burke and Plummer discovered that change in pressure at turbulent flow, 
resulting from kinematic energy loss, was proportional to (1- ε) / ε3. There was also a 
constant of 1.75 found to be relevant at the turbulent flow, resulting in the Burke - 
Plummer equation for change in pressure at turbulent flow. After having gone through 
much experimentation, Ergun and Orning were able to put the two equations above 
together and they found that it was accurate for a wide range of Reynolds numbers. [6] 
 







L = aU + bρU
2  
where a and b are representatives of 
packing and fluid properties 







ε3  φ 2   Dp( )
2  
Change in pressure 





1.75  1−ε( ) ρ  U 2
ε3  φ  Dp
 
Change in pressure 
for turbulent flow 
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combined. φ "is"the"particle"shape"factor. 
Where: 
ΔP "= pressure drop 
L  = height of the bed 
µ  = fluid viscosity 
ε  = void space of the bed 
U0  = fluid superficial velocity 
Dp  = particle diameter 
ρ  = density of the fluid 
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 2.1.2 Particle Characterization and Dynamics 
 
The study of the particles is immensely essential in which every aspect of the particle, 
such as the size, shape, density, and surface type, needs to be taken into consideration and 
to be correctly defined. 
In order to best describe shape, Leva (1959) defined the particle diameter of an arbitrary 








Where: φp = (Surface area of volume-equivalent sphere) / surface area of particle, "Vp "= Volume of a single non-spherical particle 
Ap "= Surface area of particle 
Asp "= Surface area of the equivalent-volume sphere 
 
 
2.2 Single-Staged Swirling Fluidized Bed 
 
SFB utilizes annular distributor with an annular bed and inclined injection of gas through 
the distributor and this setup will result in swirling motion of the particles inside the bed. 
It was first studied analytically by Sreenivasan and Raghavan [7]. According to 
Sreenivasan and Raghavan [7], the gas entering the bed will have horizontal and vertical 
components. The vertical component results in fluidization while the horizontal 
component results in swirling motion of the particles. 
 
Figure 2.1 Basic Configuration of Swirling Fluidized Bed [ Reproduced from 2, p. 2] 
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Further investigation on the fluidizing pattern by [8], they deduced that an innovative 
swirling fluidizing pattern generated by a multi-horizontal nozzle distributor has been 
proven to produce a remarkable improvement on the fluidization quality and reduce 
elutriation. Their analysis shows that with an increasing distance above the distributor the 
bubbles are distributed more evenly cross-sectional due to the decay of centrifugal forces. 
Thus, comparing the conventional axial fluidization, the swirling fluidization pattern 
exhibits high frequency and low-amplitude pressure change characteristics. Their main 
finding states that by modifying the fluidizing pattern, it is possible to improve 




 2.2.1 Hydrodynamics and Operating Parameters 
 
Sreenivasan and Raghavan [7] stated that the advantages of swirling fluidized bed 
overtake that of the conventional system. The swirling motion allows for the diminishing 
of visible bubbles and prevents gas bypassing. The moment a particle enters the feed, it 
disperses rapidly and thoroughly without the need of bubbles. Additionally, for all 
distributor of the swirling fluidized bed can vary according to required results. The 
percentage useful area of the distributor was about 95% in the inclined blade type 
distributors, while it was 64% in the perforated plate type distributor. When the 
distributor pressure drops for each of the distributors were compared, the perforated plate 
type distributor had much higher pressure drop when compared with the inclined blade 
type. [9] 
Raghavan and Sreenivasan [6] also concluded that the superficial velocity and blade angle 
have greater influence on the swirl characteristics more than the other parameters. When 
the inclined blade type distributors were compared, it was noticed that the distributor 
pressure drop was slightly more in the case of three-row type and that was due to the 







 2.2.2 Studies on Annular Distributor and Bed Behaviour 
 
Recent studies show that the principle of operation is based on the simple fact that a 
horizontal component of gas velocity in the bed creates horizontal motion of the bed 
particles. The cyclone-like features resulting from the swirling motion of bed particles 
also contribute to this low elutriation. Therefore, it is possible to fluidize very fine 
particles and a wide variety of shapes of particles in this kind of fluidized bed. [2] 
The flow regimes in swirling fluidized bed are packed bed, minimum fluidization, 
swirling regime, two-layer regime and finally elutriation or transport regime. Thus the 
bed behaviour can be summarized as [2]: 
• The pressure drop of the swirling fluidized bed increases with the mass flow rate 
of fluidizing gas. 
• Larger particles have lower pressure drop and capable of withstanding higher 
superficial velocity and hence, larger swirling regime. 
• Increasing the overlapping angle of the distributor blades causes air to flow 
through higher resistances which initiates higher pressure drop. This also reduces 
elutriation by increasing the swirling region. 
• Particle size, bed weight and the number of blades (60) are the most important 
variables that have more influence on the bed behaviour. 
 
 
2.3 Multi-Stage Swirling Fluidized Bed 
 
The idea behind the design of a multi-stage swirling fluidized bed is based mostly on the 
principle of residence time in the process. Since the residence time plays a huge role in 
the efficiency of a fluidized bed, by increasing that time and decreasing the amount of 
work done, by adding multiple stages of fluidization, fluidization can be improved. The 
absence of back-mixing and the large solids residence time per segment offers the 
opportunity to combine separated processes (e.g. gas-solids reactions), spatially divided, 





• To prevent back-mixing of gas-solids 
Due to its specific shape, a fluidized bed arises in the bottom cone of each 
segment and back-mixing of gas and solids between the segments is prevented 
effectively. 
• To enlarge the solids residence time 
The concept of several fluidized beds operated co-currently in series results in a 
ratio between the solids residence and the gas residence time being much higher 
than for a normal circulating fluidized bed (CFB). 
• To provide serial processing for efficient outcomes 
The concept in which different processes are carried out in separate segments of 
the same reactor has huge benefits. 
 
Continuous fluidized beds can be operated as a single-stage or multistage system. The 
limitations of a single-stage continuous fluidizer can be summed up in terms of wide 
distribution of residence time of solids and low efficiency of operation both with respect 
to gas and solid phase besides the chances of slugging in deep beds. [11] 
 
 
 2.3.1 Pressure Drop Theory Over Heights 
 
Based on the previous study by researchers [12], it was found that the pressure drops 
across different heights were measured to be approximately the same (with variation less 
than 2%) and all the stages were identical in their operation as well as performance. 
Moreover, it was found out that the pressure drop due to solids across each in the stage 
has been obtained from the difference between the pressure drop with and without solids 
and rendered that the pressure drop due to solids decreases with an increase in the gas 
flow rate and increases with increment in the solids flow rate. The justification can be 
presumed that an increment in gas-flow rate escalates the porosity of the bed in the 
system, resulting in reduction in the solids concentration and therefore the pressure drop 
across the stage, as the height of the fluidized bed in the system corresponds to 
downcomer weir height. Another reason is that the pressure drop due to solids decreases 
with an increase in the gas-flow rate and increases with increment in the solids flow rate 
may be due to less frictional force, inertia and impact forces. [12] 
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Thus summing up, the maximum pressure drop occurred in the stage at low gas flow rate 
corresponding to maximum solid flow rate. [12] 
According to Botterill [13], beds pressure drop is considered as an essential factor, which 
influences the uniformity and stability fluidization. For shallow bed, it is recommended to 
have a minimum distributor pressure drop of 350 mm of water [7]. Saxana [14] noticed 
that the pressure drop increased with fluidizing velocity and decreased with open area of 
the distributor plate. It was also reported that a distributor with greater pressure drop 
across it gives rise to smaller bubbles for the same excess fluidizing velocity than a 
distributor with smaller pressure drop. However, in the case of a swirling fluidized bed, 
these prescriptions do not hold and the pressure drop across the distributor is considerably 
less than 350 mm. This is achieved because the swirling particles suppress bubble 
formation at the distributor. Any jets of gas that may be formed are dissipated by the 
regularly ordered swirling particles. The limitation of a single-stage fluidized bed is wide 
distribution of residence time of solids and low efficiency of operation both with respect 
to gas and solid phase besides the chance of slugging in deep beds. The alternative way to 
obtain a narrow residence time distribution along with high efficiency of operation with 
respect to gas and solid phase is to use multi-staged fluidized bed systems. These 
multistage fluidized beds can be classified based on the transfer of the solids from one 
stage to next stage below namely (a) solids passing through perforated plates (b) solids 
passing through downcomers which are simply empty tubes allowing the transfer of 
solids from upper fluidized bed to lower one. In perforated plates multi-staged fluidized 
bed systems, the diameter of the perforated plate holes must be 5-30 times the particle 
diameter [15]. According to [15], the pressure drops of the gas circulating upwards 
through the standpipe and of the gas circulating upwards outside the standpipe are equal. 
 
 
2.4 Design Specific Research and Recent Findings 
 
In accordance to [11], multistage contacting of gas and solids can be obtained by simple 
multiple contacting system; cross-flow contacting system; counter-current contacting 
system. The counter-current multistage system is an improvement over the cross-flow 
system. 
Important aspects considered on multi-staged SFB could be summarized into five parts, 
namely: 
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• Operating velocity 






2.4.1 Operating Velocity 
 
In gas-fluidization the operating velocity is based on the hydrodynamics, heat transfer and 
reaction conditions. The ideal velocity in reaction or heat transfer processes can differ 
vastly from that of a cold bed. In order for fluidization one needs to first attain minimum 
fluidization velocity and that is the fundamental velocity to base calculations on. The 
hydrodynamics of the operating velocity plays a role in the stability and success of the 
operation. To reach stability the range of the velocity should make good gas-solid contact 
with optimum energy consumption. The safe operating velocity is usually theoretically 
applied as three to five times the minimum fluidization velocity. 
 
 
2.4.2 Aspect Ratio 
 
The aspect ratio refers to the ratio of the bed height (H) to bed diameter (D). A fluidized 
bed is termed as ‘deep’ when the ratio is above one, and ‘shallow’ when is it below. 
Generally, a deep bed is better as the bubbling takes longer time to travel and chances of 
reacting are more than a shallow bed, where short-circuiting would prevail. 
 
According to [14], the distributor has major impact on the bed height in terms of complete 
fluidization. The distributor pressure drop must be changed if the bed height or aspect 
ration is changed. If the bed height is increased by rising the operating velocity or 
reducing cross-sectional area. 
 
Studies show that as the aspect ratio increases, the distributor to bed pressure drops ratio 
(R) decreases indicating improvement in quality of fluidization and approaching a steady 
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state and as R increases with an increase in operating velocity indicating gas channeling 
to some extent. Thus R-value steeply increases with a decrease in aspect ratio revealing 





A distributor is basically a flow restrictor and a bed-supporting device. The roles it plays 
are: 
• Initiation of fluidization (swirling; inclined-blade spiral distributor)  
• Maintaining stable operation 
• Preventing dead or de-fluidized zones of particles 
• Preserving the distributor surface and preventing solids from flowing into the 
plenum chamber during downtime 
• Minimizing the attrition of solid particles (wearing down by friction) and  erosion 
of bed internals 
 
 
Figure 2.2 Annular Spiral Distributor [Reproduced from 15, p. 2] 
 
It is important to consider the design of the distributor as it affects the hydrodynamics of a 
fluidized bed. The grid zone is affected by the design of the distributor plate. Since this is 
the base zone, it has large influence over the characteristics other two zones (dead and de-
fluidized zones). 
The type of distributor also affects the interfacial area of the bed. The distributor controls 
bubbles and airstreams. Thus, it is of high emphasis that the distributor defines the 
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fluidized bed. By considering the different zones in the fluidized bed one can deduce that 
each zone is caused by pressure drop characteristics. The distributor determines the flow 
and pressure drop occurrences. 
   
 
 2.4.4 Downcomer 
 
Adapted from [12], a three-stage counter-current gas-solid fluidized bed reactor has been 
designed, constructed and investigated stable operating range for different particles and 
the influence of downcomer for stable operation. Further the role of aspect ratio for 
uniform fluidization has been critically examined. An attempt has therefore been made to 
acquire precise knowledge on the dynamics of the distributor and downcomer used in the 
system and stable operating range of the two-phase flow. 
 
Figure 2.3 Downcomers of A Multi-Staged Fluidized Bed [Reproduced from 11, p. 2] 
 
 
 2.4.5 Valves 
 
In the valve mode of operation, the solids flow rate through the non-mechanical device is 
controlled by the amount of aeration gas added to it. The aeration gas is to aid the 
downward flow of particles by the injection of a small stream of gas in the direction of 
desired flow of solids. These devices are shown schematically in Figure 2.4. The primary 
differences between these devices are their shapes and the directions in which they 
discharge solids. Both devices operate on the same principle. It is harder to fabricate a 
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smooth 180-degree bend for a typical J-valve. The most common non-mechanical valve is 
the L-valve, because it is easiest to construct, and also because it is slightly more efficient 
than the J-valve. Solids flow through a non- mechanical valve because of drag forces on 
the particles produced by the aeration gas. Furthermore, the actual gas flow that causes 
the solids to flow around the L-valve is not just the amount of aeration gas added to the 
valve. When aeration is added to a non- mechanical valve, solids do not begin to flow 
immediately. The initial aeration gas added is not enough to produce the frictional force 
required to start solids flow. Apart from the gas-flow an angle of declination would 
enhance flow due to gravitational forces. An experimental study was done to determine 
the best angle for valves. [16] 
 
Figure 2.4 Schematic Diagram of Non-Mechanical Valves [Reproduced from 16] 
 
 
2.5 Residence Time Distribution 
 
The calculation and the precise analysis of residence time distribution (RTD) has turned 
out to be an essential tool in the study, analysis and design of continuous flow systems, 
for investigating the performance of a continuous fluidized bed and to get a deep 
understanding of the fluidization process. The concept of residence time concerns with 
the particles entrance, flow inside and leaving from the system. It is naturally expected 
that the fluidized particles will not have identical residence times inside the system [17]. 
 
Danckwerts was the first researcher to propose the idea of using the residence time 
distribution in the analysis of chemical reactors in an innovative paper by in 1953 in 
which he utilized the internal and external age distributions to describe the residence time 
distributions in a given system [17]. 
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RTD can be calculated directly by a commonly used method of investigation, the tracers’ 
response experiment, in which some tracers of distinct color are injected within the flow 
stream and then the residence time of the particles in this batch is measured at the outlet. 
There are several techniques for tracer injection that can be implemented such as pulse 
injection, step injection, periodic concentration fluctuation injection and random 
concentration change. The pulse and step injection techniques of tracers are easier to 
implement. Hence, they have been very widely and commonly applied in most of the 
studies and experiments [17]. 
 
As for pulse injection technique, the residence time distribution density function 
developed by Danckwerts represented by E(t)dt is defined as the portion of the particles 




∫  dt =1  
Another very useful function in the field of RTD is F curve. The F curve is the integral of 
exit age distribution density function E(t). 
F t( ) = E t( )
0
t
∫  dt  
 
In many cases a dimensionless time θ  is a better time parameter than t. The 
dimensionless time θ  is defined as θ = tt  where t  is a mean residence time or mean 
holding time. A great deal of literature attention has been devoted to determine t  from 
physical considerations. For a constant density system, Levenspiel [18] showed that 
t = VQ  where V is the volume of the system and Q is the volumetric flow rate. This result 
of t  was part of a more general theorem that relates t "to the ratio of total particle 
inventory (or hold up of particles in the system) to total throughput (total outflow of 
particle). The mean residence time t "and the variance of RTD can also be obtained from 
the relations; 
t = tE t( )
0
∞
∫ dt  
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It becomes standard practice to discuss RTD and its models in their dimensionless or 
normalized forms so that t is not considered an adjustable parameter in the models.  
Another important property of the RTD function is the convolution integral theorem 
discussed in detailed by Levenspiel [18] and being used by Mann et al. [22] and Fu et al. 
[21]. The convolution integral relates the shapes of the initial tracer disturbance with the 
shape of the final exit age distribution curve. The simplest example of a convolution 
integral is obtained when two reactors are connected in series and the RTD over the two 
reactors is measured. The final RTD is equal to the RTD in the first reactor convoluted in 
the second one. 
 
2.6 Residence Time Distribution (RTD) Measurement Method 
 
According to [13], superficial air velocity in circular fluidized bed normally range from 
2.0 to 6.0 m/s and single pass RTD recorded by the majority of observers is of the order 
of 10 to 20 seconds. Since the usual span of a single pass RTD is tens of seconds the 
resolution needed for a good exit age distribution curve is less than 1 second. Therefore, 
if one does not employ an extremely fast, automated, online sampling system for 
detection of tracer, one cannot obtain the “fraction of a second” resolution required. Thus, 
to achieve fast, online concentration capabilities, one needed to employ a suitable tracer 
measuring method. The author suggested that it would be best to measure the 
concentration through the wall of vessel. The fastest and most successful “through the 
wall” concentration measuring methods were reported as the ones employing radioactive 
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3.2 Project Work 
 
The tasks based on the flow chart are as follows: 
 
1. Research and studying concept. 
Research was done by reading different journals to have a better understanding 
about the concept of fluidization; single-stage SFB and multi-stage conventional 
fluidized beds. This relates to the study on the hydrodynamics and residence time 
distribution. 
2. Determination of the parameters to vary in experiment. 
Parameter of the amount of particles inside the fluidized bed with a given period 
of time has been chosen to measure the RTD in the experiment. On the other 
hand, pressure drop needs to be measured so that the efficiency could be 
evaluated. The pressure drop was measured by using piezometric ring. 
3. Design and model multi-staged SFB. 
Using the parameters and constraints of the previous design and analysis of draft 
design sketches a full 3D design is modeled in CATIA. 
4. Design experiment set up. 
The experiment set up was designed with the help of PhD student. 
5. Fabrication and assembly. 
Equipment parts such as downcomer and blades were fabricated by fabricator and 
assembly of the set up was done by the author with a help of PhD student. 
6. Trial runs. 
Trial runs were conducted in order to test the experiment set up. 
7. Conduct experiments. 
The experiments will be conducted with one particle and with four different 
weights (500g, 1000g, 1500g and 2000g) and three-distributor blade overlap 
angles (9°, 12° and 15°). 
8. Analysis of the results. 
The results which will be obtained and shall be tabulated and analyzed using 
graphs. 
 
The schematic diagram of the set-up is shown in the Figure 3.4. This existing test set-up 
consists of two sets of Perspex cylinder, which forms the bed wall. The cylinder is 
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mounted on the distributor. The type of distributor used in this test is flexible version of 
annular spiral distributor. The blades are arranged on stepped rings, an outer and inner, 
with steps machined at an angle of 10° with respect to the horizontal. The blades are 
made of 1 mm Aluminum sheet and there are sixty blades. The blades are held intact by 
two other rings, an outer and inner, on the top. The inclined overlapping blades direct the 
fluidizing air as desired. The annular spiral distributor and blades used in this experiment 
is shown in the Figure 3.16 and Figure 3.17 respectively. Whereas, the detailed blade 
drawings are shown in the Figures 3.19, 3.20 and 3.21. 
 
Both perspex cylinder and distributor are mounted on the plenum chamber by using bolts 
and nuts. Utilization of permanent joint was avoided due to the needs of changes in the 
distributor blades. The plenum chamber is a hollow cylinder with a hole at one of its side 
for the air entry. A flange is welded to the plenum chamber at the hole in order to connect 
the chamber to the pipes. The chamber is connected to the blower with polyvinyl chloride 
(PVC) pipes. There are two paths for the air to flow, which are larger flow and lower 
flow. Two valves control this flow. If the air flows from the blower through the first 
valve, the second valve should be closed and vice versa. Two orifice plates are mounted 
in the middle of the pipe connecting the blower and plenum chamber to measure the air 
flow rate. 
 
A hollow metal cone is centrally located at the base of the beds. These cones cause the 
superficial velocity of the air decreases continuously from the distributor to the free 
surface of the bed. It also eliminates the ‘dead zone’ at the centre of the bed. [7] 
The pictorial experimental set up is shown in the Figure 3.5. 
 
 
3.2.1 Physical Representation of the Bed Behavior 
 
During the operation of multi-stage SFB, the bed shows several flow regimes with respect 
to the superficial velocity (U) that has been injected to the bed column. The faster U 
generated the more it will be to exhibit elutriation. The suggestion of the physical model 
shows that only a fraction of the feed particles will leave the bed after one trip in a 
circular path from the feed position to the discharge position and the rest of the particles 
continue to travel across the circular path both in the second stage and the first stage of 
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the bed column. This can be seen from the visual observation as shown in Figure 3.1(a) 









Figure 3.1 Physical Observations for the Operation of Multi-Stage SFB (a) Second Stage 
(b) First Stage 
 
3.2.2 Residence Time Distribution Density Function 
 
According to Shukrie [17], RTD density function E(t) is defined as: 





3.2.3 Mean Residence Time 
 






3.2.4 Dimensionless Residence Time Distribution Density Function 
 
It is better to utilize the dimensionless residence time θ , in which it is defined by θ = tt . 





3.3 The Construction of Multi-Stage SFB 
 
There are a few essential requirements to scientifically explore the RTD of particles in 
Multi-Stage SFB, which are: 
 
1. Sufficiently long horizontal section of pipe arrangement for an air-flow. 
2. Interchangeable distributor blades to allow future experiments. 
3. Visible acrylic cylinder to enable visualization of studies. 
4. Pressure and flow measurement. 
5. Solid feeder and sample collector. 
6. To keep cost to minimum. 
 
The photographs and schematic diagram of experimental set up are exhibited in Figures 
3.2, 3.3, and 3.4 respectively. There were two passages of PVC pipe developed for the 
air-flow. The first was for high flow rates and the second was for low flow rates, in which 
the entrance to the respective flow is controlled by two butterfly valves. Two Venturi 
meters were located in the mid-section of the air passages to allow air-flow rate 
measurements. The 5 m horizontal pipe then lead into a 0.32 m diameter plenum chamber 
that pre-distributed the flowing air without misdistribution before it enters the swirling 
bed distributor. To achieve a flexible layout, ten adjustable height car jacks were 
modified to accommodate the weight of the pipes. 
The bed unit consists of two transparent perspex cylinders, the second stage and the first 
stage. The inner diameter for both stages is 300 mm and the height for the first stage is 
350 mm and the second stage is 300 mm. The cylinder columns are provided with 
pressure taps. In the first stage of bed column, there are two pressure taps, one located at 
15 mm above the distributor blades of the first stage and the other is located at 200 mm 
from the bottom of the cylinder in order to measure the bed pressure drop in the first 
stage. Whereas in the second stage, the pressure tap is located 70 mm above the 
distributor blade of the second stage. Four strips of scale tape are located at four cardinal 
points on the outside of the cylinder to measure the bed height. A hollow metal cone of 
base diameter 200 mm and height of 150 mm is installed pointing upwards at each bed 
centre above the distributor flange. The motionless cone has two functions, first is to 
cover the idle portion of the distributor and to avoid a dead zone and second, it is also 
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increasing the effectiveness regime of swirling bed caused by the upward gas velocity to 
decrease by means of an increase in bed cross sectional area. 
 
Figure 3.2. Close-Up View of Experimental Apparatus of SFB 
Feeder 




1st (Lower) Stage 
Pressure Tap, P1 
Pressure Tap, P2 










Figure 3.4 Schematic Diagram of the Experimental Set Up 
Figure 3.3 Photograph of Multi-Stage SFB Experimental Set Up 
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Figure 3.5 Simple Schematic Diagram of Experimental Set Up 
 
Table 3.1 Major Equipment for Experiments 
Blower (1) Pipes (2) Plenum Chamber (3) 
Brand: Massive Fan Group Material: PVC Material: Mild Steel 
CFM: 1000 cmh Inner Diameter: 100 mm 
Height: 1100 mm 
 
5.5 kW Outer Diameter: 115 mm Inner Diameter: 320 mm 
7.5 HP 
Length: 5000 mm (straight) 
600 mm + 3200 mm + 600 
mm (n junction) 
Depth: 490 mm 
Column Flange (4) Bed Column (5) Piezometric Ring 
Material: Perspex Material: Perspex 
Will be installed in the 
plenum chamber and in the 
bed columns. The function 
is to measure the pressure 
at the chamber and the 
column. 
Size: 425 mm x 425 mm Height: 1
st bed 350 mm and 
2nd bed 300 mm 
Material: Hose and Metal 
Pluck 
Thickness: 20 mm Inner Diameter: 300 mm Hose diameter: 5 mm 







3.3.1 Pressure Monitoring 
 
The experimental set up was instrumented to monitor the pressure drop along each of the 
major sections i.e. distributor and bed in each stage. This was achieved by drilling four 
tappings, equally spaced at four quadrants around the circumference of the plenum 
chamber and perspex cylinder and connected to a pressure transmitter. The four tappings 
were then linked together by means of rubber tubing and bronze T-shape connectors. The 
resulting tappings are shown in Figure 3.6. 
The distributor pressure drop is measured by measuring the pressure difference between 
the two pressure taps below (P3) and above the distributor plate of the first (P2) and 
second stage (P1) without any particles in the bed. The total pressure drop, i.e. the sum of 
the bed and the distributor pressure drops, is obtained from the pressure difference 
between the pressure tap below the distributor plate (plenum chamber) and that at the top 
of the perspex cylinder section on both stages. The bed pressure drop at a particular air 
velocity is determined by subtracting the distributor pressure drop from the total pressure 
drop. 
 
Figure 3.6 Experimental Test 
Pressure Taps 
Pressure Tap Connector 
Metal Cone 
Pressure Tap, P1 
Pressure Tap, P2 
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3.3.2 Solid Feed and Solid Discharge 
 
Selection of the particle feeding mechanism, there were two main criteria: the delivery of 
a stable feed with time and the delivery of uniform feed across the cross section of a bed. 
The particle feeder system should have the potential to deliver the particles in a controlled 
manner and allow for adjustment of the material feed rate. There are number of 
mechanisms available to feed particles including simple gravity hoppers fitted with a gate 
valve, screw feeders, vibratory feeders and rotary feeders. 
A simple feeding mechanism is determined, in which it is a supply hopper feeding under 
gravity, but with some improvements with the gate to have a better control on the 
material flow rate. A salt-and-pepper type of dispenser is chosen for the gate where the 
opening is regulated by a ball bearing. Pictures of the feeding system along with the salt-
and-pepper feeding mechanism are shown in Figures 3.7, 3.8, 3.9(a), and 3.9(b), in which 
the top of the column is a solids feed hopper with an annular section (260 mm diameter) 
and a converging section (250 mm long). It ends in a transparent acrylic tube of 25 mm 
diameter with the regulated gate attached together. 
 
 Figure 3.7 Feeder Hopper #
260 mm 
250 mm 


















Figure 3.8 Close-Up View of Feeder Hopper #
Figure 3.9 (a)-(b) Close-Up View of Salt-And-Pepper Dispenser Mechanism #
(a) (b) 
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The performance results for calibration of the feeding system are in Table 3.2 for 50 
grams of particles being fed at four different openings and it is found to be smooth flow. 
 
Table 3.2 Solid Feed Calibration Data 
Sector Opening Area 
(mm2) 
% of Sector 
Opening 
Feed Rate (g/s) 
0 0 0 
13.26 25 0.43 
26.51 50 1.1 
39.77 75 2.6 
53.02 100 4.8 
 
 
3.3.3 Sample Collector 
 
The rotatable disk is 400 mm diameter and made of aluminum plate of 14 mm thickness. 
30 holes of 32 mm inner diameter are located at the periphery of the disk to hold the test 
tubes while sampling of the material is taken place. The samples are collected in Pyrex 
test tubes of diameter 30 mm and 200 mm height. The outlet of the bed (20 mm x 20 mm) 
is mounted to the sample collector and the gate valve is inserted at the outlet to control 
the sampling period. The rotatable disk is designed with adjustable shaft so that the 
desired height can be controlled accordingly. After admission of the tracer, disk will be 
rotated to align the first test tube under the sampling point by using ball-bearing slot 
turning mechanism. Then the gate valve will be opened to collect the sample for a 
specified sampling interval. The samples are collected in sequence in one tube after 
another. Figure 3.10 to Figure 3.13 show the details of the sample collector. 
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Figure 3.11 Top View of Sample Collector 
Figure 3.12. Ball Bearings And Slot 





Figure 3.13. Schematic Drawing of Sample Collector (In Unit of mm) 
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3.3.4 Bed and Tracer Material 
 
The bed material used in the experimental work is colored spherical plastic beads made 
by molding. Since the beads are molded, they have a nearly a uniform spherical shape 
with a central through hole and it can be seen in Figure 3.14 and Figure 3.15. One size of 
spherical particle size was used for the experiments. Samples of 30 particles were taken 
from each size and the diameter of each particle was measured accurately by using a 
vernier caliper, and the average weight was taken accurately by a digital balance of 
resolution 0.01 mg. The mean particle diameter (dp), weight and their standard deviation 
(SD) were calculated. The result of the size estimation is shown in a Table 3.3. 
 
Table 3.3 Properties of Bed and Tracer Particles Used in the Experiments 
 Bed Particle Tracer Particle 
Color White Dark Blue 


























Figure 3.14 White Bed Particles of 
2.99 mm# Figure 3.15 Dark Blue Tracer of 2.98 mm #
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3.3.5 Residence Time Distribution Experimental Conditions 
 
The details of the experimental conditions are shown in Table 3.4. 
 
Table 3.4 Experimental Conditions 
Bed Weight (Mb), g 500, 1000, 1500, 2000 
Particle diameter (dp), mm 2.99 
Number of Distributor Blades 60 
Blade Overlap Angle 9°, 12°, 15° 
 
Experiment activities for measuring solids RTD in the swirling fluidized bed will be 
carried out to study the effect of the system variables i.e. bed weight, in which it is carried 
out to utilize four different bed weights (500, 1000, 1500, and 2000 g) and particle size of 
2.99 mm diameter with three different blade overlap angles. Details of experimental 
procedures are explained in Appendix B. 
Experiments will be conducted under identical conditions and RTD data are collected 
during fluidization state, in which in this case superficial velocity (U) is greater than 
minimum swirling velocity (Us). Several experiments will be repeated under identical 
conditions to check the replicated results. The measured clock time, ti and tracer weight 
collected in each sample, Mti will be shown in the raw data. The clock time is the duration 
that elapsed from the time the tracer is introduced into the bed to that at which the 
collection of this sample is completed. The clock time ti of sample number i is equal to 
ΔT × i , where ΔT is the sampling period. 
RTD experiments will be conducted at different air-flow rate, solid flow rate and bed 

















Figure 3.17 Shape of Blades Used In 
This Experiment #
Figure 3.16 Distributor [Reproduced  
from 2, p. 4] #
















Figure 3.19 Detailed Blade Drawing of 9° #






















Figure 3.21 Detailed Blade Drawing of 15° #
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CHAPTER 4 





The results of experimental investigations on the multi-stage SFB are presented in this 
chapter. The following aspects are covered in this chapter: 
 
1. Pressure Drop of multi-stage SFB. 
2. Residence time distribution (RTD) of solids in the bed. 
 
 
4.2 Experiment Results 
 
Experiments had been done by utilizing three different blade overlap angles, which are 
9°, 12° and 15° blade overlap angle. The experimental investigations for pressure drop 
and residence time distribution (RTD) on multi-stage SFB are shown in the next section. 
 
 
4.2.1 Pressure Drop 
 
The pressure drop across the bed (ΔPb) at a particular at a particular value of the 
superficial air velocity is determined by subtracting the distributor pressure drop from the 
total pressure drop. The bed pressure drop for each stage is then deducted from the 
operation of the bed pressure drop with particles minus the bed pressure drop without 
particles in particular stage of fluidized bed. Figures 4.1, .4.2 and 4.3 show the results of 
ΔPb for 1st stage and Figures 4.4, 4.5 and 4.6 show the results of ΔPb for 2nd stage both 
with particle diameter of 2.99 mm at different bed weights. 
From Figure 4.1 to Figure 4.3, it can be seen that ΔPb for the 1st stage increases with 
superficial velocity and bed weight. The same phenomenon occurs for the 2nd stage. This 
occurrence happens due to an increment in particle swirling speed. As the swirling speed 
of the particles gets faster with an increasing of air velocity, the friction losses between 
particle-particle, particle-wall and particle-air are also increased. It leads to degradation of 
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energy in terms of pressure drop across the bed. Moreover, the results show that for a 
given superficial velocity, as the area of blade opening increase (from 9° to 15°), the 
pressure drop across the bed is reduced. It is due to the air passing through a single 
opening will have higher velocity. This velocity gives rise to pressure loss through the 
openings. For any distributor, the difference in pressure (pressure drop) is mainly due to 
the fluidizing gas velocity after passing through the distributor. The variation of blade 
overlap angle from 9° to 15° of the distributor has determined to generate lower gas 
velocity at the distributor exit. The results have also shown that the distributor with 15° 
blade overlap angle is superior to the other two distributor with 12° and 9° blade overlap 
angles. Figure 4.7 is the experimental result for single-stage SFB [17]. It can be observed 
that bed pressure drop for multi-stage SFB is better than single-stage one. 
In operation of swirling fluidized bed, different regimes of operation can be distinguished 




Figure 4.1 Bed Pressure Drop vs Superficial Velocity In The 1st Stage For 2.99 mm 




























Figure 4.2 Bed Pressure Drop vs Superficial Velocity In The 1st Stage For 2.99 mm 
Spherical Particles With 12° Blade Overlap 
 
 
Figure 4.3 Bed Pressure Drop vs Superficial Velocity In The 1st Stage For 2.99 mm 






















































Figure 4.4 Bed Pressure Drop vs Superficial Velocity In The 2nd Stage For 2.99 mm 
Spherical Particles with 9° Blade Overlap 
 
 
Figure 4.5 Bed Pressure Drop vs Superficial Velocity In The 2nd Stage For 2.99 mm 

























































Figure 4.6 Bed Pressure Drop vs Superficial Velocity In The 2nd Stage For 2.99 mm 
Spherical Particles with 15° Blade Overlap 
 
 
Figure 4.7 Bed Pressure Drop vs Superficial Velocity of Single-Staged SFB for 2.99 mm 



























4.2.2 Residence Time Distribution of Solids in the Bed 
 
Figures 4.8, 4.9 and 4.10 exhibit the results of the RTD of solids and the observations 
have been drawn in accordance to two parameters, which are bed weight and blade 
overlap angle. The data of E(θ ) are based on the effect of bed weight and effect of blade 
overlap angle. 
It is shown that increasing the bed weight will increase the area under the tail of curve 
and shifts the peak of the distribution towards the higher value of θ  (moving to the right) 
with the value of E(θ ) reduced [17]. This occurrence happens due to an increase in 
resistance to swirling motion ascribed to a greater bed weight and escalation to the 
amount of time in which the particles reside inside the bed. On the other hand, the 
improvement of RTD of solids in multi-stage SFB is because of the numerous contacting 
and the solid product consequently is more uniform. This also leads the RTD to have a 
precise improvement over the single stage SFB. According to [9], the gas required is less 
than in a cross flow unit, therefore the unit gives better thermal and conversion efficiency 
for both gas and solid phase. Meanwhile, the effects of blade overlap angle (9°, 12° and 
15°) can be seen on the value of E(θ ). As the blade overlap angle increase (from 9° to 
12° and 15°), the value of E(θ ) shifts to the lower value. On the other hand, the value of 
θ  remains constant or there is no significant change on the θ  value with respect to the 
peak of distribution. On the other hand, Figure 4.11 (a)-(d) show the results of RTD of 






























Figure 4.8. RTD Density Function for 2.99 mm Spherical Particles with 9° Blade Overlap 
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Figure 4.11 (a)-(h) Comparison of RTD Density Function between Multi-Staged SFB 
(Left) and Single-Staged SFB (Right) for 2.99 mm Spherical Particles with 12° Blade 






There are many advantages to SFB more specifically in a multi-staged mode of operation. 
Apart from reviews that pressure drop across the various stages does not vary that much, 
swirling fluidization boasts that large open area fractions and low pressure drops at the 
distributor can be employed without ill-effects. [6] 
Each component of the multi-staged SFB Prototype is carefully selected to suit best 
requirements. Based on previous literature and design parameters of multi-staged 
fluidized beds one can see that the new swirling regime requires a new approach. The 
encompassment of downcomers and annular spiral distributor has rendered a promising 
multi-staged mode of operation. Downcomers are made to fit outside the bed wall to 
prevent air resistances and particle flooding. However, there was a major alteration in 
downcomer physical design since the earlier design did not work properly as in the 
particles did not flow down from the second stage upper stage to the first stage (lower 
stage). Therefore, the downcomer was cut and being lifted up 80 mm from the original 
centre of the hole to reduce the incoming air to downcomer from the 1st stage. By lifting 
up the position of the outlet pipe, it would decrease the intensity of the air coming in 
through the outlet of downcomer. The plastic paper (elastic duct) was used to extend and 
modify the shape of the downcomer outlet and it is installed at the bottom tip of 
downcomer so that the particle could flow down and exit from upper stage to the below 
stage.  
 
Figure 4.12 The Original Design of Downcomer 
 































Figure 4.15 Dimension of the Modified Downcomer Design 
 

























Figure 4.14 shows plastic paper (the one used report cover page) is attached as an elastic 
duct at the end of the outlet of downcomer. The selection of flexible duct’s shape and size 
are based on trial and error method. Initially, particles did not flow down with original 
shape and after minimizing the tip of flexible duct outlet (resemblance of cone shape), 
particles flow down through outlet C but it was stuck and jammed at the tip of flexible 
duct (outlet A). Third outlet was made in order to compensate an air-flow (outlet B). The 
particles eventually go down and flow seamlessly through outlet C. 
1) Outlet A 2) Outlet B 
3) Outlet C, where the 
particles go out from to the 
bottom stage of SFB 
Figure 4.16 Details of the Modified Downcomer #
Figure 4.17 Simple Working Principle of Flexible Duct #
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CHAPTER 5 





Multi-staged SFB are considered a new field to be researched. The characteristics of 
multi-stage SFB are very interesting to be explored as they may be applied in many 
industrial and research applications. The project investigates the RTD and pressure drop 
via multi-stage SFB to measure its effectiveness. Experimental activities for investigating 
RTD of solids and pressure drop in SFB were conducted to study the effect of the two 
parameters, which are the effects of bed weight and the effects of blade overlap angle. 
The experiment condition was to utilizing four different bed weights (500g, 1000g, 1500g 
and 2000g) and three different blade overlap angle (9°, 12° and 15°) with one spherical 
particle size (2.99 mm). 
 
Based on the study on the variation of the bed pressure drop with respect to three 
different distributor blades and four bed weights, the pressure drop for 15° blade is 
proven to be superior to 12° and 9° blade overlaps. It is due the smaller opening area of 
9° blade overlap than the 15° blade overlap. The pressure drop is much smaller compared 
to the distributor with 9° blade overlap and it surely delivers higher efficiency in terms of 
energy usage. This indicates that lower potential energy is required to achieve same level 
of fluidization, complying superiority of 15° blades overlap to 12° and 9° blade overlap. 
Faizal Mohideen et al. [2] has justified that the higher the pressure drop means higher 
potential energy required for fluidization process. The pressure drop reading for different 
bed weights has shown to have slight deviation between one bed weight to the other. This 
means that the distributor with straight blade in multi-staged SFB is equally effective to 
be used and it is also important for scale-up. 
 
The experimental result of solid RTD shows that increasing the bed weight will increase 
the area under the tail of curve and shifts the peak of the distribution towards the higher 
value of θ  (moving to the right) with the value of E(θ ) reduced. Meanwhile, the effects 
of blade overlap angle (9°, 12° and 15°) can be seen on the value of E(θ ). As the blade 
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overlap angle increase (from 9° to 12° and 15°), the value of E(θ ) shifts to the lower 
value. On the other hand, the value of θ  remains constant or there is no significant 
change on the θ  value with respect to the peak of distribution. Thus, the experiment set 
up is shown to be highly versatile and capable of representing widely different conditions 
depending on the variables from the parameters. 
 
 
5.2 Recommendation for Future Work 
 
In time ahead, there are some recommendations that can be used to improve the solids 
RTD and bed pressure drop via multi-stage SFB that utilizes annular distributor blade. 
They are pointed out as follows: 
1. Increase the bed weight in the experiment and also use another particle shapes to 
study the effectiveness of multi-stage SFB. 
2. Utilize the distributor with twisted blades into a multi-stage SFB to study its 
efficiency in terms of energy consumption. 
3. Utilize three-stage SFB instead of two-stage SFB to investigate the solids RTD 
and bed pressure drop. 
4. Change the design of downcomer to study the behavior of multi-stage SFB. 
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i. PROCEDURE FOR SOLIDS RTD MEASUREMENT 
 
 
1. The feed hopper is filled with bed and tracer particle with particles of required 
diameter and weight. 
 
2. The bed particles are fed continuously from the feed hopper to the bed at the 
desired rate. Air is allowed to flow into the bed at the required flow rate. 
 
3. Under steady-state operation which will be observed by constancy of total 
pressure drop and pressure differential across the venture flow meter and by 
uniform discharge rate of solids as checked by an accurate balance-a known 
weight of tracer is admitted as a pulse to the bed at the position of solids feed. 
 
4. Simultaneously with the admission of the tracer, a stop watch was started and all 
the discharged solids were collected is samples at constant known time intervals. 
 
5. The collection continues until there is no tracer detected at the exit. All material in 
the bed is collected and accurately weighed to obtain the total bed weight 
(holdup). 
 
6. The collected samples are carefully separated manually. The concentrations of the 
tracer were measured by weighing the separated tracer particle by using digital 
electronic balance. 
 
The amount of tracer particles admitted to the bed was about 5% of the bed weight. In the 
separation of the colored tracer particle from the bed particle in each sample, it was 




The concentration data is now mathematically analyzed. To illustrate the analysis, 


















where ti is measured clock time and Mti is tracer weight collected in each sample. The 
sampling period is 4 seconds. Firstly the total weight of tracer collected in the end of the 
sampling period is calculated. 
ΣMti =14.18331 grams  
 
The RTD density function E(t) is defined by 










ti Mti E(t) 
0 0 0 
4 0.00525 0.000370153 
8 0.0385 0.002714458 
12 0.09275 0.006539376 
16 0.15575 0.010981217 
20 0.3500 0.024676891 
24 0.9275 0.065393762 
28 1.5225 0.107344477 
32 1.83 0.129024889 
36 2.001 0.141081313 
40 1.9745 0.13921292 
44 1.824 0.128601857 
48 1.3005 0.091692278 
52 0.864 0.060916669 
56 0.4674 0.032954226 
 
According to [20] in his book of Chemical Reaction Engineering, the definition of mean 




t = 39.6871647 s  
A particle of fluid will stay in process for 31 seconds averagely. The time data is now 
scaled by dividing the real time by mean residence time in order to obtain θ , the number 
of residence time that have passed. The unit pulse response E(t) is now scaled by 









ti Mti E(t) ΣtiMtiΔt  ΣMtiΔt  θ  E θ( )  
0 0 0 0 0 0 0 
4 0.00525 0.000370153 0.084 0.021 0.100788253 0.014690338 
8 0.0385 0.002714458 1.232 0.154 0.201576506 0.107729144 
12 0.09275 0.006539376 4.452 0.371 0.302364759 0.259529301 
16 0.15575 0.010981217 9.968 0.623 0.403153012 0.435813354 
20 0.3500 0.024676891 28 1.4 0.503941265 0.979355852 
24 0.9275 0.065393762 89.04 3.71 0.604729518 2.595293007 
28 1.5225 0.107344477 170.52 6.09 0.705517772 4.260197955 
32 1.83 0.129024889 234.24 7.32 0.806306025 5.120632025 
36 2.001 0.141081313 288.144 8.004 0.907094278 5.599117313 
40 1.9745 0.13921292 315.92 7.898 1.007882531 5.524966084 
44 1.824 0.128601857 321.024 7.296 1.108670784 5.103843068 
48 1.3005 0.091692278 249.696 5.202 1.209459037 3.639006529 
52 0.864 0.060916669 179.712 3.456 1.31024729 2.417609874 
 
Figure B represents these data. The area under the curve is unity. This is a true probability 
function, with a mean of θ = tt =1.0 . The area under the curve between any numbers of 
residence times, θ1 !and θ2  represent the probability (percentage) of material that will 
reside in the process between θ1 !and θ2 . 
 
Figure B Normalized Pulse Response (Age Distribution Function) 
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Appendix C - 1st (Lower) Stage Pressure Drop Data Collection 
 


































Appendix D - 2nd (Upper) Stage Pressure Drop Data Collection 
 





































Appendix E - Residence Time Distribution of Solids Data Collection 
 







































































































































































































































Appendix F - Project Recognition 
i. Acceptance from 2nd International Conference on Advanced Materials and 
Engineering Materials 2012 (ICAMEM2012) 
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ii. Acceptance from International Conference on Mechatronics and Computational 
Mechanics 2012 (ICMCM2012) 
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Appendix G - Calculation of Superficial Velocity 
 
According to Sreenivasan and Raghavan [7], superficial velocity in ms-1 is obtained by 









1. Pipe diameter, D = 0.1 m 
2. Orifice diameter hole, d = 0.062 m 
3. Coefficient of discharge, Cd = 0.068 
4. Air density, ρair =1.2 kg m3  
5. Beta Ratio, β = dD =
0.062
0.1 = 0.62  






7. Bed Area, Abed =
π
4 Bed  Outer  Diameter, Do
2 −Bed  Inner  Diameter, Di2( ) = 0.039  















Superficial Velocity, Vsup = 0.225  Orifice Pressure Difference, ΔP  
 
